reflux ratio distilling head. Between the Corad head and the top
of the column, a feed line from a constant flow bellows pump was
introduced. The column had been calibrated with a test mixture
of ethylbenzene and p-xylene, whose mixture possesses a relative
volatility of 1.06. The column calibrated 4.5 theoretical plates at
total reflux. A run was made with a charge comprising approxi-
mately 10% methyleyclohexane and 90% toluene in the stillpot.
The column was operated at total reflux for about an hour and then
the pump started at a rate to deliver about one part of extractive
agent to one part of methylcyclohexane—~toluene being boiled up.
The extractive agent in this example was 33.3% phthalic anhydride,
83.3% maleic anhydride, and 33.3% glycerol triacetate. The fol-
lowing data were obtained:

Overhead Stillpot
Time, Composition, Composition, Relative
hours % MCH, % Tol %MCH, %Tol Volatility
1 88.7 11.3 6.4 93.6 2.87
2 97.0 3.0 5.3 94.7 411
3 97.8 2.2 4.9 95.1 4.48

It will be noted that after about two hours, equilibrium has been
achieved and the relative volatility remains essentially constant
in the range 4.1 to 4.5. Without the extractive agent it would have
been 1.50.
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Pore-Diffusion Model for Cyclic Separation:
Temperature Swing Separation of Hydrogen
and Methane at Elevated Pressures

A pore-diffusion model is developed for temperature swing separation in a
packed bed of sorbent. The model is applied to interpret experimental data for
separation of Hy of CH, in a packed bed of activated carbon operated in the tem-
perature swing mode, at pressures up to 5.52 MPa. Experimental results on the
effects of total pressure, particle size, adsorption temperature, and flow rate on
separation efficiency compared favorably to the model predictions. The importance
of pore diffusion in separation has been clearly demonstrated.

M. C. TSAl, S. S. WANG and
' R. T. YANG

Department of Chemical Engineering
State University of New York at Butfalo
Amherst, NY 14260

SCOPE

There is an increasing number of important industrial ap-
plications being found for temperature and pressure swing
separation processes. Designs and performance models have
been made and illustrated with various examples (Pigford et al.,
1969, 1971; Kadlec et al., 1972, 1973; Wankat et al., 1975, 1978;
Hill et al., 1980, 1982). In these models it has been assumed that
the adsorbed phase is in instantaneous equilibrium with the

Correspondence concerning this paper should be addressed to R. T. Yang.
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bulk flow phase of the fluid. More specifically, in the model for
temperature swing separation by Baker and Pigfored (1971),
pore diffusion is assumed instantaneous and a linear or
Freundlich equilibrium adsorption isotherm is assumed. The
first objective of this work is to formulate a more general model
which incorporates pore diffusion limitation and Langmuir
isotherm, the latter being more applicable for gases. Experi-
mental results are also presented for separation of H; and CH,
at elevated pressures using temperature swing in a packed bed
of activated carbon.
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CONCLUSIONS AND SIGNIFICANCE

The comparison between experimental results and the pore
diffusion model showed that pore-diffusion limitation is im-
portant in modeling of temperature swing separation processes.
Effective separation of Hy and CH, can be achieved in a packed
bed of activated carbon. It is shown in this study that pore dif-
fusivity is a factor as important as contact time and equilibrium
amounts adsorbed in determining separation efficiency.
Changing a single operating variable usually involves changes

INTRODUCTION

The separation of hydrogen from methane and other light hy-
drocarbons has been commercially practiced in the petroleum-
refining industry and steam reforming of CH,4 for manufacturing
ammonia, syngas and other chemicals. In these processes, a rather
high purity of Hy is required. For example, a purity of over 99%
is necessary for most syngas-manufacturing processes. The prev-
alent separation process for these applications are based on cryo-
genic separation. The separation of hydrogen from methane is also
an important step in advanced coal gasification and liquefaction
processes. In these processes, however, a high purity of hydrogen
or methane is not required. The methane content need only be
enriched to about 90% to reach a heating value of 33.5 MJ/mS3,
which would be sufficiently high for industrial and residential
applications. The modern cryogenic processes may certainly be
applied; however, here is clearly an opportunity for looking into
other processes for such improvements as in lowering the energy
requirements and increasing the throughput.

Theoretical treatment of the temperature-swing process was first
made by Pigford et al. (1969, 1971). In this type of process, a fixed
bed of sorbent is subject to cyclic heating and cooling at a frequency
related to the capacity of adsorption. With a proper cycling fre-
quency, the bed takes up the sorbate from the feedstream during
the cooling half cycle and releases it during the heating half cycle.
Thus, the effluent stream alternates between being leaner and
richer in sorbate than that of the feed. Diverting the effluent to
different receivers at appropriate times gives a semicontinuous flow
of sorbate-enriched and sorbate-depleted products. Furthermore,
the separation factor can be improved if the fluid flows through
a sequence of beds which are cycled in temperature out of phase
with each other (hot-cold-hot-cold . . .). As the sorbate-enriched
portion of the effluent from bed 1 (hot) flows through bed 2 (cold),
bed 2 is heated to release the adsorbed sorbate thus further en-
riching the already once enriched stream. This process repeats itself
in the successive beds and achieves higher separation (Wankat et
al,, 1975, 1978).

In the previous models for predicting the performance of tem-
perature swing separation processes (Pigford et al., 1971; Hill et
al., 1982), the adsorbed and fluid phases are assumed to be in
equilibrium, and pore diffusion and heat transfer are instantaneous.
Also, a linear or Freundlich isotherm is used for equilibrium ad-
sorption. However, for some industrially important processes, such
as the separation of Hp and CH,4 under pressure in a packed-bed
column, these assumptions are not valid. In this paper, a more
general model with the inclusion of the pore diffusion step is de-
veloped. The pore-diffusion model has been found applicable for
predicting the performance of our separation system operated in
the temperature swing mode.

The present model is basically a modified hybrid between the
Pigford-Baker model (1971) and the isothermal model with pore
diffusion by Masamune and Smith (1964). Mass balances of CH,4
are made for bulk flow in the packed-bed column and diffusion
in the pores of a single particle. These two mass balance equations
are coupled by the mass flux equation at the exterior surface of the
particles. Numerical method is used to obtain solutions for these
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of all three factors. It is shown that the net effects of these
changes can only be predicted by the pore-diffusion model.
The pore-diffusion model is also useful in separation systems
involving smaller diffusion coefficients, such as liquid and/or
molecular sieve sorbents. Furthermore, it is pointed out that the
pore-diffusion model may be used in selecting sorbent, such as
the type of activated carbon, for a specific system. Equilibrium
amounts of adsorption alone cannot fulfill this purpose.

equations. The concentration of methane in the effluent stream
from the packed bed can be predicted as a function of time for both
heating halif cycle and cooling half cycle. The main operating pa-
rameters involved in this study are total pressure, particle size,
temperature, and product flow rate. Their effects on the effluent
concentration of CHy are computed and compared with our ex-
perimental data.

PORE-DIFFUSION MODEL FOR CYCLIC SEPARATION

To simplify the derivation and calculation, the following as-
sumptions and approximations are made:

1. Ideal gas law applies. (The compressibility factor for the gas
mixture was calculated to be 0.99 under our experimental condition
of 34 atm and 25°C.)

2. The axial pressure gradient across the bed is neglected.

3. Plug-flow condition holds; i.e., longitudinal dispersion along
the bed is neglected.

4. Inside the pores, instantaneous equilibrium exists between
the gas phase and the adsorbed phase.

5. Adsorption isotherm for CH, from single gas is used. The
adsorption of Hy from the mixture is neglected.

6. The mixture is assumed to vary uniformly in the bed, and
temperature is equilibrated instantaneously between gas and
solid.

Mass balances for both components CH4(A) and Hy(B) in the
packed-bed column at system pressure, P, and temperature, T, are
given by:

bCA buCA -S=0 <1)
ot 0z
and
aCB a‘uCB
L4+ —=E=9 2
« ot + 0z @

where C4 and Cg are the concentrations of CHy and H,, respec-
tively, in bulk flow, and « is the interparticle void fraction. The
velocity u is the superficial velocity, i.e., volumetric flow rate
through a unit cross-sectional area of the column. The quantity §
is the overall sorption rate of CHy per unit volume of bed. At a
specific time when P is constant and T is nearly constant in a time
interval (small enough), Eqgs. 1 and 2 can be rewritten in terms of
mole fractions, y;, and become:

Y4 OYa ou _RT
Ha L ALy, s =0 3
ot T TSP 3)
and
oYy oYy ou
S LI [ .Y 4
ot TH o Ty @
Since yg = 1 — y4, Eq. 4 becomes:
oYa OYa ou
—a @A A 1y E=0 5
L 2V )

By combining Eqgs. 3 and 5, the following equation is obtained for
velocity gradient in the packed bed:
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2z P/RT
If the velocity at one end of the bed and the values of $ between
this end and a specific location are known, one can calculate the
velocity at this location. (See Appendix for detailed algorithm.) By
inserting Eq. 6 into Eq. 3, the final equation is derived:
YA Oya SRT
YA 1—ya) 2= 7
A t Uy Ty =0 @
Under the assumption that the bed is composed of spherical par-
ticles of uniform radius, ¢ and that the net molar flux of Hy is zero,
the quantity S is the total molar flow of CHy, N4,, through the
exterior surfaces of the particles in a unit volume of bed:

3 1
§=+ _P_§ [_] NAr|r=a

llRT l—yA bT r=a

in which pg and pp are the densities of bed and particle, respec-
tively. D, is the effective diffusivity of CH4 in the pores. The mole
fraction of CH, inside the pores is denoted as y 3, which is a func-
tion of radial location r in the particle, time ¢, and axial location
z along the column.

The external mass transfer resistance is neglected in this study
for reasons described below. The simple criterion of Weisz and
Hicks for evaluating the importance of external mass transfer
cannot be used here because no surface reaction occurs. However,
the following calculation should give a reliable order-of-magnitude
estimate of its importance relative to internal pore diffusion. The
mass flux across the external gas film is equal to the flux at the pore
mouth inside the particle, or

*

@w—mq=m%ﬂ ¢ ©)

T jr=a
where kg is the mass transfer coefficient in the gas film, y is the bulk
concentration, y; is the surface value, and C; is the total molar
concentration and is equal on both sides. Now it is desired to
evaluate y — y, and compare this value with the gradient inside
the particle. The gas film resistance would be indeed negligible if
this ratio is small. For the worst case, the value of kg can be calcu-
lated for stokes regime where Sherwood number = 2, which gives
the lowest kg value. Using the particle diameter and gas diffusivity
values, k; = 0.1 cm/s. For the flux at the pore mouth inside the
particle, the worst case is where and when the flux is the highest.
This would be curve A (small time) for a particle at the entrance
of the column (Figure 4 and later figures). Here, D, =5 X 10~7
cm?2/s and (dy*/dr) at r = a is 5 cm~1. Using these worst cases, the
ratio of Ay across the film over the Ay* in the particle is approxi-
mately 10~4 It is, therefore, clear that the external mass transfer
resistance is negligible compared to pore diffusion in all cases.

The mass balance of CHy in the pores of a spherical particle at
axial location z is given by

12,0
> T PPy, t 3% (r?Nar) =0 (10)
where € is the intraparticle void fraction, C} is the concentration
of CH inside the pores. The quantity q is the number of moles of
CH, adsorbed per gram of solid, and is a function of temperature
T, total pressure P, and mole fraction y3, thatis ¢ = q(T,P,y}).
Therefore, Eq. 10 becomes

ol )

Eb_yfz)=f%

1—yilor?  1—yil\or r Or ot
RT dq _ Hﬂ)b_ya
T PP (6+pPPby* ot

RT dq\ T RT dq) oP
11
+(p” P aT)at+(”P bP)Ot (1)
The last term in Eq, 11 will be neglected in our numerical solution,
because the system pressure is kept constant in our experiments.
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The second term from the last is kept, because pp-dq/ 9T is large
even though 8T /0t is very small.

It should be noted that, when writing Eqs. 1 and 2 in terms of
mole fractions, a term involving the derivative of temperature with
respect to time has been omitted. By including such a term, Eq.
6 can be rewritten as

u_ 5 adr

2z P/RT " T ot
In the following, we will comment on the effect of including this
term on the final solution.

In all our experiments, the velocity was measured at the exit end
of the packed bed and the velocity along the bed was computed
by integrating Eq. 6 as shown in the Appendix. By including the
additional term, namely o/ T 3T/ dt, the velocity gradient along
the bed is increased and thus the velocity at all points along the bed
will be lower. A lower velocity along the bed would result in better
separation and a higher CH,4 concentration at the exit. By making
an order of magnitude analysis, it is seen that the term o/ T 0T/ 0t
is significant only at temperatures below 70°C. Thus, the effect
of omitting the 9T/ 3¢ term will not change the final solution sig-
nificantly.

To solve Eqgs. 7, 8 and 11 for a heating or cooling half-cycle, the

following initial and boundary conditions apply: In the backed
bed,

(6a)

t=0,z>0
Ya = Yin (= 0.50) (12)
t>0,z=0
Ya = yin (= 0.50) (13)
P - (13a)
0z
In the pores,
t=0,r>0,y; (=0.50) (14)
t>0, r=0, Pi_g (15)
or
r=a, yi=yaltz) (16)

ADSORPTION ISOTHERM

The adsorption isotherms were measured manometrically in a
separate static system at temperatures from 295 to 480 K and
pressures up to 6.89 MPa (Saunders, 1982). The data of CHj iso-
therms were fitted to the Langmuir isotherm (Eq. 17) and can be
represented by the following equations

VvV _ Bp
Vm 1+ Bp an
4.02 X 104
Vm = —"TT—O‘ (cm3 STP/g carbon) (18)
14.4 X 108
B=551X10"° PYTRYES
P ( 831X T ) 19)

Here, V is the volume adsorbed in cm® STP per gram of carbon at
pressure p (in Pa) and temperature 7 (in K), and Vm is the volume
corresponding to monolayer coverage. B is a constant related to
the net enthalpy, AH, of adsorption according to the Langmuir
theory. It has been noted (Saunders, 1982) that the monolayer
coverage decreases with increasing temperature because of the
increaing molecular area, and that the ethalpy of adsorption (AH
= 14.4 kJ/mol) is higher than the latent heat of condensation of
CH, (7.95 k] /mol at its critical temperature of 191 K). Equations
17 to 19 to be substituted into Eq. 11 where V is related to the
quantity g in Eq. 4 by dividing the factor of 22.4 X 103, and p is
related to Py} by ideal gas law.
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Figure 1. Pore-size distribution of PCB activated carbon.
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TABLE 1. PHYSICAL PROPERTIES OF PCB ACTIVATED CARBON
Bulk Density, pp 0.44 g/cm?
Particle Density, p, 0.85 g/cm?
True Solid Density, p, 2.2 g/cm3
Interparticle Void Fraction in Packed Bed, « 0.48
Intraparticle Void Fraction, € 0.61

METHOD OF SOLUTION

To formulate a numerical solution for Egs. 7, 8 and 11, the
packed bed is considered to be composed of ten cells, in each of
which the molar fraction is homogeneous. Each particle in the ith
cell is divided into five shells, and the molar fraction in each shell
is also considered homogeneous.

Crank-Nicolson method is used to solve Eq. 7, and is both stable
and convergent for a wide range of parameter values investigated.
However, because of the complexity of Eq. 11, explicit (or direct)
method is used. Therefore, a sufficiently small time step (At) is
chosen to achieve both stability and convergence of the solution.
The simple numerical differentiation method is used for Eq. 8.
Also, to correct for the temperature and pressure changes, the
following approximations are made for effective diffusivity at each
time step jAt:

a b
D, =D,, [%‘1] [%] ; wherea=1 b=1 (20)
o] 155

Although the temperature dependence ranges from T95 (for
Knudsen diffusion) to T175 (for molecular diffusion), the depen-
dence for pore diffusion in the transition regime, especially for
carbon, is linear (Yang and Liu, 1982). It should be noted that the
pressure correction factor is not used in this work, because the
system pressure is maintained constant.

EXPERIMENTAL

The separation of hydrogen-methane using activated carbon was studied
in a continuous flow system with a packed-bed sorption column operating
in a temperature-swing mode. Activated carbon {designated PCB) was
supplied by Calgon Corp. The physical properties of PCB carbon are shown
in Table 1, and the pore structure is shown in Figure 1.

Apparatus for Temperature-Swing Separation

Schematic diagram of the apparatus is shown in Figure 2. The flow
system was designed to give a breakthrough time of the order of 30 min-
utes.
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Fligure 2, Schematic of apparatus for temperature swing separation: 1. Pre-

‘mixed feed gas, 2. regulator, 3. constant temperature bath, 4. fluidized-bed

sand bath, 5. pressure gauge, 6. adsorption column, 7. temperature readout,
8. back pressure valve, 9. gas chromatograph, 10. rotameter, 11. pump, 12.
thermocouple well, 13, three-way valve.

The inlet gas mixture of CHy/Hj (volume ratio 50/50) was a custom-
made, premixed gas supplied by Linde Div. of Union Carbide. A water bath
was used for precooling the inlet gas during the cooling half cycle. A
fluidized-bed sand bath (Tecam, SBS-2) was used to preheat the inlet gas
during the heating period. The sorption column with inside diameter 4.6
cm and external height 60 cm was packed with 40-cm height of carbon.
The temperature of the bed was monitored with a thermocouple inserted
into the bed about 10 cm below the bed surface, and was displayed on a
digital readout (Omega, 2166A). The system pressure was monitored with
a pressure gauge inserted above the bed surface. The pressure was controlled
with a back-pressure valve downstream (below the bed). The effluent flow
rate was controlled at a desired steady rate by adjusting the back-pressure
valve and a needle valve. Besides preheating and precooling the feed gas
mixture, additional heating of the column was provided by a heating tape
surrounding the column. An insulation jacket was used during the heating
cycle. During the cooling cycle, the insulation was taken off and four
blowers were used to accelerate cooling of the column. The CHy content
in the effluent stream was analyzed with a gas chromatograph (Gow-Mac,
with thermal conductivity detector and a Porapak Q column) at time in-
tervals of about 5 minutes.

The one-point measurement for bed temperature was adopted to simplify
the experiments. However, it is important to have a knowledge of the
temperature distributions within the bed and within the particle. An esti-
mate of the magnitude of the temperature distribution in the bed was ob-
tained by a calibration run in which the pressure was held at the ambient
value (Wang, 1982). In this experiment, the temperatures at five locations
in the bed (three longitudinal points at the center and two radial ones in
the middle) were measured during temperature cycling and they showed
a maximum spread of approximately 8 K. The spread was not excessively
large because of the long cycle time (80 min). Multipoint temperature
measurements under pressure are not possible with the present apparatus.
Further comments concerning the temperature distribution are:

(1) Using the combined heat-transfer technique, i.e. by preheating
(precooling) the feed gas and heating (cooling) the column wall, the bed
temperature could be changed much more rapidly than what we actually
did, which gave a cycle time of about 80 min. The slow cooling and heating,
Figure 3, were deliberately controlled to achieve constant total column
pressure and constant product flow rate.

(2) Because of the slow superficial velocity in the bed, the major con-
tribution to heating and cooling of the bed was from the wall. The radial
temperature distribution may be estimated by solving the transient heat
conduction problem. Thus, by using the following values: pp = 0.44 g/cm?,
Cp = 1.05)/g/K and effective conductivity = 0.004 J/cm/s/K, the values
of (Taverage ~ 298)/(Twall — 298) = 0.7 in 5 min and 0.9 in 10 min. The
values of this parameter are much higher for a particle. The times required
for a uniform temperature distribution within the bed and within the
particle are thus much shorter than the actual cycle time used in the ex-
periments. Based on the above observations and our preliminary calibration
experiment, the temperature may be considered as uniform and the one-
point measurement adequate.

Experimental Procedure

Before a typical experiment, the flow system was leak-tested and evac-
uated to 10 Pa. The system was subsequently pressurized to a desired system
pressure with the feed gas mixture. The effluent flow was maintained at
a constant flow rate by manipulating the regulator on the feed gas cylinder
and the back pressure valve downstream. The effluent gas was sampled
every 10 min to check the CH, concentration. When the CH, content in
the effluent reached 50 (i.e., the column was saturated with CHy), the
heating half cycle followed. Both bed temperature and effluent concen-
tration were recorded every 5 min. When the CH, concentration had passed
a maximum and started leveling off to the feed concentration, the heating
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Figure 3. Temperature swing experiment. A. Temperature history: — exp.,
- - - - used in model. B. Concentration history: [T experimental data: — the-
oretical results.

INPUT PARAMETERS FOR MODELING AS SHOWN IN
FIGURE 3

TABLE 2.

Heating Half Cycle Cooling Half Cycle

Packed-Bed Length, L 40.0 cm 40.0 cm
Initial Temperature, T, 298 K 523K

Final Temperature, Ty 523 K 298 K
System Pressure, P 3.45 MPa 3.45 MPa
Heating or Cooling Rate, T, 4.5 K/min ~7.0 K/min

Inlet Concentration of CHy, yia 0.50 0.50

Product Flow Rate (at STP), G 600 ¢cm3/min 200 cm3/min

Particle Size, a 0.05 cm 0.05 cm

Effective Diffusivity 2.0 X 1075 em2/min 6.0 X 1075 cm?2/
min

at Initial Conditions, D,, (3.3X 1077 cm?/s) (1.0 X 1076 em2/s)

half cycle was completed. To start a cooling half cycle, the feed gas mixture
was diverted through the water bath, and the power supply of the heating
tape was turned off. The insulation jacket was removed from the column
and the air blowers were switched on to cool the column. As in the heating
interval, the effluent flow rate was maintained at the same level and the
CH, concentration was recorded every 5 min. When the concentration had
passed a minimurm and returned to the feed concentration, the cooling half
cycle was completed.

RESULTS AND DISCUSSION

Experiments on temperature-swing process were conducted with
PCB activated carbon as the bed material. With a feed of 50/50
mixture of CHy and Hy, a 90/10 separation has been routinely
achieved. Such a separation, when the products are collected
semicontinuously, would be good enough for high-Btu gas pro-
duction purposes. Typical experimental results and the corre-
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Figure 4. Concentration profiles in the heating half cycle in the packed bed
and in particles at entrance, middle and exit points in the bed. (Input data are
given in Table 2.) Time = 10 min (A), 20 min (B), 30 min (C) and 40 min
(D).

sponding mathematical modeling of the process are presented in
Figure 3. Numerical values of the input parameters for the mod-
eling are given in Table 2.

The agreement between these results and the values predicted
by the pore-diffusion model is fairly good except in the later stage
of the half cycle. This discrepancy is caused by the difference be-
tween the actual temperature history and the assumed one used
in the model (Figure 3). Also, a better approximate equation than
Eq. 20 should also be helpful. The temperature histories were
slightly different for the subsequent runs. But straight line profiles
were used in modeling for all runs.

Figure 4 shows predicted concentration profiles in the packed
bed and within a particle at three different locations, i.e., at en-
trance, middle and exit locations, during a heating half cycle. The
profiles are plotted at various times. The input values in Table 2
were used in the model.

An explanation of the concentration profiles shown in Figure
4 and the subsequent figures is necessary at this point. In the nu-
merical solution, the column is divided into ten cells and each
particle is divided into five shells. The concentration in each shell
or cell is uniform. The profiles shown in the figures were obtained
by connecting the ten or five points with a smooth curve. Because
only five shells were taken for the particle, there appeared to be
some problems in the concentration profiles (of y*), especially for
a particle in'the first cell of the column, or at the “entrance.” The
values of y* at r = a shown in the figures were the uniform con-
centrations in the first shell of the particle which was in the first
cell. These values were not 50%. But the values of y* in the zeroth
shell were 50%, which are not shown in these figures. The y* values
declined rapidly to the y values beyond r = a. Also, at r = 0, the
y* values in the fifth shell may not appear to have a plateau in a
few cases, but the gradient is zero at the center.

It was found that an effective diffusivity of 2 X 1075 cm2/min
could best fit our experimental data, Figure 3. Figure 5 illustrates
the influence of effective diffusivity. Higher values of D, will
improve the separation. However, when D, is sufficiently high,
there is no further improvement, and the performance is no longer
limited by pore diffusion. Under our experimental conditions,
Figure 5, it is predicted that for D, greater than about 5 X 1075
cm?2/min pore diffusion is no longer important. Establishment of
a criterion for predicting the presence or absence of pore-diffusion
limitation has not been successful.
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Figure 6. Effect of particle size on effluent concentration. For size 12/30 mesh:
O experimental, — theoretical. For size 60/100 mesh: A experimental, —
theoretical. (All other conditions are given in Table 2 and Figure 3.)

Effects of various operating parameters on the performance of
temperature-swing separation have been examined experimentally
and the results compared with predictions by the pore-diffusion
model. The operating variables investigated were particle size, total
pressure, flow rate, and the adsorption temperature. The following
discussion is limited to heating half cycle, the results for cooling
half cycle were similar to those for the heating half cycle and will
not be shown here.

Effect of Particle Size

The study was limited to two-size fractions: 12-30 US mesh and
60-100 US mesh. The experimental data were compared with the
predicted values, Figure 6. The maximum CHy effluent concen-
trations were 92% and 90% for 60/100 fraction and 12/30 fraction,
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Figure 7. Effects of particle size on predicted concentration profiles. A = 0.02
cm and B = 0.05 cm radlus. {Other parameters are the same as In Table
2.)

respectively. The sorbent with the smaller-size fraction gave better
separation and shorter cycling time, which are desirable. The
discrepancy between experimental and theoretical results in the
later stage was due to the lower experimental heating rate than the
one used in the model. Figure 7 shows the effects of particle size
on concentration profiles in the packed bed and within the particle.
As expected, the profiles for larger particles are usually lower in
the bed, but higher in the pores. When the particle size is suffi-
ciently small, the pore-diffusion limitation will no longer be im-
portant. This point becomes clear when one compares the results
for the small size fraction (in Figure 7) with the data in Figure
5.

Effect of Total Pressure

The effects of total pressure on separation are compared with
model predictions, Figure 8. Under our experimental conditions,
the most favorable pressure was 3.45 MPa. The least favorable
results were 5.52 MPa where the CH, effluent concentrations were
87% for the hot half cycles. The product flow rates were kept
constant. The use of equilibrium adsorption data as a guide in de-
termining the pressure effect on separation would be clearly faulty.
The fact that adsorption of CH, is stronger at a higher total pressure
is obviously not reflected in the results. The crossover of the effluent
concentrations for the two total pressures at about 50 min (Figure
8) is also predicted by the model (Figures 8 and 9). There are two
opposing factors concerning the effect of total pressure: (1) A higher
total pressure (at constant product rate) increases the contact time
of the gas in the bed and consequently enhances the separation. (2)
The effective pore diffusivity is lower at a higher pressure which
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Figure 8. Etfects of total pressure on effluent concentration. Particle size =
80/100 mesh. Total pressure = 3.45 MPa (A ), 5.52 MPa (@). Solid lines are
theoretical values. (Other conditions are listed in Table 2.)
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Figure 9. Effects of total pressure on predicted concentration profiles. A =
3.45 and B = 5.52 MPa. (Other conditions are shown in Table 2.)

reduces the separation efficiency. The net result of the two op-
posing factors can be predicted and understood through the
pore-diffusion model.

Eftect of Product Flow Rate

The effect of gas flow rate on performance was determined for
two product flow rates: 600 and 800 cm3 (STP)/min, the other
operating parameters were kept the same. The experimental data
and corresponding theoretical results are shown in Figure 10. The
highest effluent concentration was lowered from 90 to 83% with
the flow rate increased from 600 to 800 cm?® (STP)/min. The
trade-off of using a lower flow rate is that a lower rate gives higher
separation factor at the cost of a longer half-cycle time. Figure 11
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Figure 10. Effect of product flow rate on separation. Pressure = 3,45 MPa and
size = 12/30 mesh. Flow rate = 600 (O) and 800 (A) cm? STP/min. Solid
lines are theoretical. (Other conditions are shown in Table 2.)
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Figure 11. Effects of product tlow rate on predicted conceniration profiles.
A = 600 and B = 800 cm?® STP/min. (Other conditions are shown in Table
2.)

shows the theoretical predictions of the concentration profiles in
the bed and in a particle at three positions along the bed at two
times during the desorption half cycle.

The effect of bed height can also be predicted from Figure 11.
Such an effect is similar to that of product flow rate.

Etfect of Temperature Differential

The effect of AT was illustrated by changing the adsorption
temperature, i.e., temperature of the cooling half cycle. The results
for adsorption temperatures of 298 and 353 K (keeping the de-
sorption temperature at 523 K) are shown in Figure 12. The results
are predictable simply from equilibrium adsorption. In this case,
the equilibrium adsorption of CH4 was 1.26 X 103 mol/m3 of bed
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Figure 12, Effect of adsorption temperature on separation, at 3.45 MPa, 12/30
mesh size and 523 K desorption temperature. Adsorption temperature = 298
K (O) and 353 K (A). Solid lines are theoretical. (Other conditions are shown
on Table 2.)

at 353 K; the value of 298 K was 2.17. The effect of D, (pore dif-
fusivity) appeared to be rather unimportant in this experiment,
unlike the experiment on the effect of total pressure where D,
played an important role. In this experiment, D, was higher in the
initial period of desorption for the 353 K run. The effect of varying
the desorption temperature, i.e., temperature of the hot half cycle,
was not investigated. But such an effect would be less than that of
the adsorption temperature, because the equilibrium amounts
adsorbed are small at higher temperatures and hence the difference
among them. The above discussion is clearly illustrated by the
concentration profiles shown in Figure 13.

Pore Diffuslivity in Activated Carbon

In the pore-diffusion model, the effective pore diffusivity is the
only fitting parameter, which is determined by fitting the sepa-
ration results with the model. The pore diffusivity varies with T
and P according to Eq. 20. In addition, the values obtained here
are overall values averaged over the entire bed because D,, varies
with bed height,

The type of activated carbon used in this study is widely rec-
ommended by carbon manufacturers for gas separation and pu-
rification. The pore size of this carbon is predominantly in the range
of 1.5 to 2.0 nm in diameter. The diffusing CH4 molecule has a
diameter of about 0.4 nm calculated from viscosity data at 293 K.
It is expected that the pore diffusion would be quite restricted
especially when there is a significant amount of surface coverage,
when the dimensions of the free path are similar to that of CH,.
The interactions between the diffusing molecule and the adsorbed
phase should be quite strong. Consequently, the D, value should
be dependent on the amount adsorbed, or the stage or time during
heating or cooling half cycle. This explains the results of the D,
values of 3.3 X 1077 cm?2/s at the start of the heating half cycle, and
of 1.0 X 1076 cm2/s at the start of the cooling half cycle, for a total
pressure of 3.45 MPa. The experimental pore diffusivity is thus
increased by a factor of about 3 whereas the predicted ratio due
to the temperature dependence (Eq. 20) is about 1.7 (the temper-
ature being 298 and 523 K). The discrepancy is apparently caused
by the adsorbed CH, at the start of the cooling half cycle.

The D, values are about four orders of magnitude lower than
the molecular diffusivities. This difference may be interpreted by
the results obtained in the studies of “restricted diffusion.” The
following general expression has been used for restricted diffusion
(Satterfield et al., 1973; Prasher and Ma, 1977):

D
D, = ‘ff(NKp) (21)
in which 7 is the tortuosity factor, A is the diameter ratio of mole-
cule to pore, and K,, is the equilibrium partition coefficient. If we
take the form suggested by Satterfield and Colton et al. (1973)
D, = P& 10-21 (22)
T™8p

an order-of-magnitude analysis may be made as follows. The
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Figure 13. Effects of adsorption temperature on predicted concentration
profiles. A = 2988 K and B = 353 K for adsorption temperature. {Other condi-
tions are the same as in Figure 12,)

equilibrium partition coefficient, which is the ratio of pore over
bulk concentrations, is about 10 in our experiments. The restriction
factor, 10722, X being the ratio of adsorbate and free pore diame-
ters, may be taken as 1071, The tortuosity factor in carbon is quite
high and has been determined to be of the order of 102 (Yang and
Liu, 1982). The values of D, calculated from the pore-diffusion
model are, therefore, reasonable.

CONCLUDING REMARKS

Temperature-swing experiments have shown the feasibility of
producing a high-Btu gas from a Hy/CH, mixture, e.g., from a coal
gasifier. A pore-diffusion model is formulated which has been used
successfully to predict the performance of the cyclic separation
process and the effects of the operating variables.

It is shown in this study that pore diffusivity is a factor as im-
portant as contact time and equilibrium amounts adsorbed in de-
termining the separation efficiency. Changing a single operating
variable frequently involves changes in all three factors. The net
effect can be predicted only by the pore-diffusion model. For ex-
ample, by increasing the total pressure (keeping feed rate constant)
the contact time and the equilibrium adsorption are increased (both
favoring better separation), but the pore diffusivity is decreased
and the net result is a lower separation efficiency, which is shown
experimentally and predictable by the pore-diffusion model.

The pore-diffusion model should also be useful for liquid systems
and processes involving molecular sieves where pore diffusion is
more restrictive to separation. Furthermore, it is clear from the
results of this study that the equilibrium adsorption alone cannot
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be used as a guide for selecting adsorbent, but the pore-diffusion
model should be used. It is noted that a similar but simplified model
has been used for pressure swing adsorption, which is of more
commercial interest, and the results will be reported shortly.
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NOTATION

a = average radius of sorbent particle, cm

B = a constant related to the net enthalpy, AH, of adsorption
according to Langmuir theory, MPa~1

C = concentration of sorbate in bulk flow, mol/L

C, = total molar concentration

C* = concentration of sorbate inside the pores, mol/L

D, = effective diffusivity of sorbate, cm2/min or cm2/s

D; = molecular diffusivity, cm?/s

ke = mass transfer coefficient in the gas film

N4 = molar flux of CH, in radial direction

P = partial pressure of adsorbate, MPa

P = system pressure, MPa

q = number of moles of sorbate adsorbed per gram of solid,
mol/g of solid

r = radial distance from center of spherical particle, cm

R = gas constant

S = overall rate of sorption per unit volume of bed, mol/
L/min

t = time, min or s

T = solid or bed temperature, K

u = superficial velocity, cm/min

v = yolume adsorbed per gram of sorbent, cm3 (STP)/g of
solid

Vm = volume corresponding to monolayer coverage, cm?
(STP)/g of solid

Y = mole fraction of species 1

z = axial distance along the bed, cm

Greek Letters

« = interparticle void fraction
At = time step, min

€ = intraparticle void fraction
0B = bed density, g/cm3

pp = particle density, g/cm?

T = tortuosity

Subscripts

A = CH4

B = H2

i = species, or cell or shell number
in = at inlet

i = time step

0 = initial condition
Superscript

* = inside the pores
APPENDIX

To calculate the velocity at a particular time step and location
from Eq. 6, one boundary condition is needed. If the velocity at
the exit end {the (M + 1)th cell] is known, the velocity of gas mix-
ture from the Mth cell is given by

S
UM = UM+1— Pb;l.{;" AZ
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where S, 1 is the sorption rate of CHg in the (M + 1)th cell, and
Az is the length of the cell. Therefore, the velocity from the ith cell
is

(Sm+1+ Su + .

U = UM 4 S

Az
P / RT

The numerical method used to solve Eq. 8 is based on the
Crank-Nicolson method, which is a modification of the implicit
finite difference method. The numerical formulation of Eq. 8 is
as follows:

Yi~y .t (Y=
o ———At +

yi-1) + (Gir1 = 9i21)|

2Az 2

(1-y)=0

By defining A = u;At/2Aza and B = At/ RT,/P, S;, the fol-
lowing equation is obtained

1, . PR T
_EAyl—l + Yy + EAyHl =

The superscript prime denotes a value at the end of a time step and
the subscript 1 denotes the cell at a distance Az in the direction
of flow. For the first cell (¢ = 2), we have

A
Y+ Bl —y) ~ 3 Wi+1 = ¥~1)

1 , , ) A
_EAyl + !lz+§Ay3=y2(1—3)+§(ys"y1)+B

For the last cell (§ = M + 1),

1 . , ) A
- EAUM + Ypar + éAyM+2= ym+1(1 — B) + '2_<yM+2_ ym)
since Yy = Yur4 2 and Yar = Yary 2, we have

Yms1=ym+1(1 = B)

Gauss elimination method is used to solve this system of linear si-
multaneous equations having a tridiagonal coefficient matrix. To
solve Eq. 11, we first define R = a — r, the equation becomes

1 (azy; 1 (ay;)z_ 2 ay;)
1-y310R2 " 1—y3\dR]/ a—R QR
1 RT oq by,, pp RT 0q\ OT
=— 1,000 1,000 £2 —
De(‘+ ”Pa) 000, P ot ot

The initial and boundary conditions become:

t=0, yy=050

R=a, yi=uya
oyi
R=0, 4=
OR

Lety =y3, 8 =1/D.(e+ 1,000 p, RT/P dq/ dy), then the explicit
finite difference formulation for this equation can be written as:

U=+ 1 At Y — 2% + ¥
B (ARY 1 -y
1 At 1(1//:+1 Yi- 1)
BARZ4\ 1-y,
_t At Yis1 —V¥i-1 _ 1 pp X LOOORT oq AT
Bl—idRAR 1-v9, B D, PoT

This is a simple linear equation, which can be easily solved if the
quantity g can be expressed as

q= 1 flg2¢ where B = % exp (5173), By = K4 exp (—I;—,S)
and K3, K4, K5 are constants.
then
oq _ B,
(ﬁ)m (1 + By
9q VB, Ks
(S?)N “Ta+ByRE| T 1T “’2]
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One-Dimensional Model of the Physico-
Chemical Processes Occurring Inside a

Burning Coal Surface

A one-dimensional model has been developed to account for the physicochemical

J. G. M. MASSAQUOI! and

processes occurring inside a burning wet coal surface. The model considers the
vaporization of coal moisture and the existence of a moving evaporation front,
pyrolysis and char/gas reactions in the hot zone, molecular diffusion and Darcy
flow through the dry porous coal, transpiration cooling effect of the water vapor
and pyrolysis gases, temperature-dependent reaction kinetics and coal thermal
conductivity, and variable porosity of the coal due to pyrolysis and char/gas re-
actions.

The model and associated assumptions have been verified with experimental
data from the combustion and drying of coal. The results also show that the model
prediction of the heat transferred from the coal surface into the coal is much higher
than that calculated by the simple heat conduction equation,

The fraction of the water in the coal that reacts with char is shown as a function
of the linear burn velocity and the surface temperature. In addition, the effect of
variations in coal moisture and the thermal conductivity on the thickness of the
dry zone are also shown.

SCOPE

J. B. RIGGS

Department of Chemical Engineering
West Virginia University
Morgantown, WV 26506

One of the main problems that arises in modeling of under-
ground coal gasification (UCG) is accounting for the processes
occurring between the coal surface and the evaporation front,
Most importantly, it is necessary to know how much heat is
transferred into the coal, the fraction of coal moisture that reacts
with the char and the thickness of this reaction zone, Existing
models for simulating UCG have treated the heat transfer in the
surrounding seam as a simple pseudosteady-state heat con-
duction problem (Wong, 1975; Riggs et al., 1979), or, in some
cases, arbitrary assumptions about temperature distributions
within the coal have been made (Dinsmoor et al., 1978). The
possibility of pyrolysis and carbon/steam reactions occurring
within the seam is usually ignored and all char/gas reactions

Correspondence concerning this paper must be addressed to J. B. Riggs.
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are assumed to occur at the ciivity wall. A rigorous model! of a
burning coal surface could be used to assess the relative im-
portance of the various processes occurring in addition to
evaluating simplifying assumptions that are used in various coal
conversion models.

Figure 1 is a one-dimensional representation of a burning coal
surface found during UCG operation, This model is markedly
different from coal combustion models used to describe other
coal gasification processes. Due to the countercurrent contacting
nature of these other coal gasification processes, their com-
bustion zone involves only char gasification. But the combustion
zone for a UCG process involves pyrolysis, drying and char
gasification, simultaneously. Figure 2 shows the one-dimen-
sional system that is analyzed in this paper. Note that Figure
2 is a subset of Figure 1.
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